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The circulating ﬂuidized bed is of increasing importance for gasesolid and gasecatalytic reactions, for
drying, and recently its use in solar energy capture and storage has been advocated. In all applications,
the supply or withdrawal of heat is a major issue, and the heat transfer coefﬁcient from the gasesolid
suspension to the heat transfer surface needs to be determined as design parameter. The present
paper investigates the heat transfer coefﬁcient for different operating gas velocity and solids circulation
ﬂux, whilst covering the different hydrodynamic solid ﬂow regimes of dilute, coreeannulus or dense
mode. Measured values of the wall-to-bed heat transfer coefﬁcients are compared with empirical
predictions of both Molodstof and Muzyka, and Golriz and Grace. The application of a packet renewal
mechanism at the wall is also investigated, and introducing the predicted solid contact time at the wall
provides a very fair estimate of the heat transfer coefﬁcient.
Crown Copyright Ó 2012 Published by Elsevier Ltd. All rights reserved.
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1. Introduction
1.1. The CFB and heat transfer
The circulating ﬂuidized bed (CFB) regime is of increasing
importance for gasesolid reactions (e.g. combustion, calcination,
SO2 removal from combustion gases), for gasecatalytic reactions
(e.g. maleic anhydride from butane, acrylonitrile, aniline), and for
physical gasesolid processes such as drying or VOC adsorption. A
recent development is the use of a circulating ﬂuidized bed in solar
energy capture and storage systems, to replace thermal ﬂuids or
molten salts as transfer and storage medium [1]. Reviews of the
different gasesolid and gasecatalytic applications, including environmental and energy topics, are given in e.g. Mahmoudi et al. [2]
and Chan et al. [3]. Fernandes et al. [4] illustrate applications in
solar energy capture systems. Layouts of different applications are
illustrated in Fig. 1
A CFB shares many of its advantages with traditional bubbling
beds, including temperature uniformity and excellent heat transfer,
while allowing higher gas throughput and having a greater ability to
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handle agglomerating particles. The circulation of particles requires
solids’ collection and return equipment: the overall CFB setup hence
consists of a riser, a cyclone, a downcomer and a return valve
(often executed as non-mechanical valve), as illustrated in Fig. 1.
Most reactions carried out in the CFB are endothermic or
exothermic and hence require an exchange of heat between the
gasesolid suspension and heat transfer surfaces, located either at
the wall of the riser, inside the riser, externally in a low-velocity
ﬂuidized bed in the return loop of the solids, or as a traditional
downstream heat exchanger on the exhaust gas (superheater or
economizer tube-bundle). Mostly membrane water-wall surfaces
are used in combustion or other exothermic applications. For other
systems, it might be impossible to provide sufﬁcient heat transfer
surface at the wall of the riser (unless extremely tall). It is then
necessary to embed surfaces in the riser itself, as is mostly the case
for highly exothermic gasecatalytic reactions. In solar energy
capture systems, solar heat will be directed onto the outside riser
wall, and subsequently transferred to the circulating solids.
Given the wear caused by particles moving rapidly upwards and
downwards, CFB reactors seldom employ internal surfaces. Hence,
the design problem of greatest interest is how to predict the heat
transfer coefﬁcient at the wall of a CFB. In almost all cases of
practical importance, the membrane surface wall is disposed in
such a manner that the tubes are orientated vertically.
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Nomenclature

hsr

a, b
Aex
C
Cp, Cg

htot
hðqÞ
kg
M
Nu
Pr
Re
Tb, Tw
tg, tp

dimensionless parameters of Equation (4)
surface area of the heat exchanger, m
solid to gas heat capacity, Cp/Cg
speciﬁc heat capacity of solid and gas respectively,
J kg1 K1
CAF
coreeannulus ﬂow
BFB, CFB bubbling and circulating ﬂuidized bed, respectively
ID, OD inner and outer diameter respectively, m
D
riser equivalent diameter, m
average particle diameter, mm
dp
DRF, DRUdilute riser ﬂow and dense riser up-ﬂow respectively
time fraction of contact by the dense phase
fd
G
solids circulation ﬂux, kg m2 s1
Gsh
particles horizontal exchange ﬂux, kg m2 s1
hc
contact transfer resistance, W m2 K1
hd
heat transfer coefﬁcient during dense phase contact,
W m2 K1
hrad
radiation heat transfer coefﬁcient, W m2 K1
ij
hg
heat transfer coefﬁcient of gas, W m2 K1
hgc
gas convective transfer coefﬁcient, W m2 K1
hl
heat transfer coefﬁcient of lean gas phase contact,
W m2 K1
hm
heat transfer coefﬁcient of the suspension, W m2 K1
hr
heat transfer coefﬁcient by radiation, W m2 K1

The design of the heat transfer surface requires the knowledge
of the heat transfer coefﬁcient between the ﬂowing gasesolid
suspension and the surface itself. The present paper investigates
ﬁrst results obtained towards the heat transfer coefﬁcient as
measured in a riser for Geldart A-type particles with average
particle size of approximately 75 mm, representative of most
industrial CFB applications. The objectives of the research objective
were twofold: (i) to determine the wall-to-bed heat transfer coefﬁcient for different operating conditions of gas ﬂow and solids’
circulation ﬂux, thus covering the different operating modes of the
riser ﬂow (dilute, coreeannulus, dense), and (ii) to compare
experimental results with existing model approaches. The different
operating modes have been classiﬁed by Mahmoudi et al. [2] in

TFBB
U
UTR
vp

dg
DT

ε
εB
εsus
4

q
rg, rp
rsus
z

heat transfer coefﬁcient by radiation from the
suspension to the wall, W m2 K1
total effective heat transfer coefﬁcient, W m2 K1
surface renewal heat transfer coefﬁcient, W m2 K1
thermal conductivity of gas, W m1 K1
loading ratio
Nusselt number
Prandtl number
Reynolds number
bulk and wall temperature, respectively, K
residence time of gas and particles in the riser,
respectively, s
turbulent ﬂuidized bed at the bottom
superﬁcial air velocity through the riser, m s1
transport velocity of particles, m s1
average velocity of particle, m s1
gas gap thickness, mm
temperature difference
voidage of the riser
voidage of the TFBB
cross sectional average suspension voidage
slip factor
average contact time of the particle packets at the wall, s
density of gas and solids respectively, kg m3
suspension
density, kg mﬃ3
pﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃ
z ¼ 1:82logðReÞ  1:64

terms of the dominant ﬂow parameters, being the superﬁcial gas
velocity, U, (corrected for the velocity of onset circulating mode,
UTR) and the solids circulation ﬂux, G. The resulting diagram is
represented in Fig. 2. Since solids ﬂow modes will determine the
heat transfer coefﬁcient, a summary discussion of these ﬂow modes
will be given in Section 1.2.
The heat transfer to the wall of a CFB riser can be assumed to
involve additive components due to conduction, convection and
radiation. Many researchers have approached the phenomenon
with a two-phase structure, somewhat similar to that described for
bubbling ﬂuidised beds (BFB) [5]. The two phases are however
different from those in bubbling beds, since no bubbles are present,
but with the ﬂow at the wall in the coreeannulus (CAF) operating

Fig. 1. Illustration of different CFB layouts, with heat transfer. (1) Riser, with wall-mounted heat exchanger in (A) and (C), (2) exhaust to further treatment or de-dusting, (3) heat
exchange surface in secondary bubbling ﬂuidised bed, (4) in-riser heat exchanger. (A) Application for gasesolid reaction, e.g. combustion. (B) Application in solar energy capture and
storage. (C) Application for gasecatalytic reaction, with in-bed heat transfer.
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While the limited number of data is a disadvantage, there is one
signiﬁcant advantage of larger scale equipment, being the fact that
large risers are tall enough to guarantee that both the ﬂow and the
heat transfer are fully developed [9]. In small scale CFBs, relevant
measurements should only be made in the fully developed riser
ﬂow, i.e. at a distance from the recycle entry and the exit geometry
[10,11].

1.2. Operating hydrodynamic regimes in a CFB

Fig. 2. Hydrodynamic operating modes of a CFB riser, expressed as G versus U  UTR
depending on the different hydrodynamic ﬂow modes [2]: Zone I: transition zone and/
or inaccuracy in UTR prediction, Zone II: dilute riser ﬂow (DRF), Zone III: coreeannulus
ﬂow (CAF) only, Zone IV: CAF with turbulent ﬂuidized bed at the bottom (TFBB), Zone
transition DRF  CAF: G ¼ 10 þ (U  UTR)1.8,
V: dense riser up-ﬂow (DRU).
transition CAF  CAF with TFBB: G ¼ 20 þ (U  UTR)2,
transition
CAF with TFBB  DRU: G ¼ 60 þ 15 (U  UTR)0.5,
range of operating
conditions where CAF mode is no longer reported and only DRF and DRU prevail.

mode dominated by streamers or clusters travelling mostly
downward, but interspersed with periods where there is upwards
ﬂow of the powder suspension. In dilute or dense riser ﬂow, the
solids ﬂow is dominantly upwards. Complementing experiments in
a bubbling bed, CFB experiments by Wu et al. [6] with small ﬂushmounted heat transfer surfaces have shown rapidly varying local
instantaneous heat transfer coefﬁcients, with the ﬂuctuations corresponding to the arrival of streamers at the heat transfer surface.
Hence, the processes governing heat transfer are indeed similar in
BFB and CFB, with packets of particles contacting the wall, and
exchanging heat according to the known ﬁlm penetration model
[7]. Several factors are however complicating the situation:
 The voidage distribution in bubbling beds is essentially binary,
varying between a discrete dense phase voidage and nearly
pure voids inside bubbles. The voidage distribution in a riser
tends to be continuous and widely dispersed.
 The powder ﬂow in the CFB riser can reverse directions,
moving both upwards and downwards, especially in the CAF
operating mode.
Boiler makers and other manufacturers of large CFB units estimate the heat transfer coefﬁcient on conﬁdential experience from
previous units, with adjustments to account for such factors as
changes in mean particle diameter, suspension density, and
membrane surface geometry. Published empirical correlations,
widely used in bubbling ﬂuidized beds, are not common for
circulating ﬂuidized beds. Instead, two semi-empirical models have
been proposed in the literature based on the periodic renewal of
particle clusters at the heat transfer surface. As indicated in Equation (1), one treats the heat transfer as being additively composed
of conduction/convection and radiation [8].

htot ¼ fd hd þ ð1  fd Þhl þ hr

(1)

The experimental data available for predicting the heat transfer
in CFBs are mostly from larger CFBs, with cross-sectional areas
varying from 2.4 to 88 m2, as summarized by Golriz and Grace [9].

The riser operating modes are vital to design a CFB for a required
process. Different operating modes provide different solid residence times and mixing behaviour, which deﬁne both the efﬁciency/yield of the reactions and the heat transfer. Literature gives
evidence of distinct operating modes as a result of observed
differences both in slip factors, and in the range of particle velocities and their associated residence time distribution [2,10], resulting in the deﬁnition of 4 distinct solids hold-up regimes in the riser,
as depicted in Fig. 2, with the different operating modes (dilute,
dense, coreeannulus, combined) being a function of U and G in the
riser.
The various ﬂow regimes have distinct characteristics towards
solids ﬂow, and hence towards heat transfer. For these different
regimes, the particle velocity has been expressed by Equation (2),
introducing the slip factor, 4, resulting in:

vp ¼

U
εf

(2)

In Dilute Riser Flow (DRF), the solids are predominantly moving
upwards with negligible downward ﬂow. In DRF-regime, the slip
factor, 4, has a previously reported value between 1 and 1.2 [3,12].
In Coreeannulus Flow (CAF), the solids motion is an upward core
ﬂow and unsteady downward (cluster or streamer) ﬂow in the
annulus. The solids velocity can be predicted by Equation (2),
with 4 values close to 2 [3,13,14]. The regime of the Coreeannulus
Flow (CAF) with Turbulent Fluidised Bottom Bed (TFBB) is
characterized by an axial voidage proﬁle of typical S-nature, due
to the appearance of a Turbulent Fluidised Bottom Bed (TFBB).
The residence time for CAF with TFBB is signiﬁcantly longer than
CAF itself and DRF due to the existence of the fully mixed TFBB.
Chan et al. [11] demonstrated that the residence time for solids in
TFBB alone can range from 10 to 20 s. The voidage of the TFBB
ranges from 0.7 to 0.9 and can be predicted by the empirical
Equation (3) [15]:

εB ¼

Uþ1
Uþ2

(3)

The characteristics of the CAF region above the TFBB are similar
to the above sole CAF ﬂow, as described before. The Dense Riser
Upﬂow (DRU) regime has almost similar characteristics to DRF, the
main difference being that the 4 values are fractionally higher,
ranging between 1.2 and 1.6 with an average of 1.3 [3].
Average voidages in these various hydrodynamics regimes
range from approximately 0.98 in dilute ﬂow (DRF); 0.7e0.9 in
a bottom ﬂuidised bed (TFBB), 0.95e0.98 in coreeannulus mode
(CAF), to w 0.9 in dense riser up-ﬂow (DRU) respectively [16e18].
Commercial risers of e.g. combusters and calciners, are reported
in CAF operation in the range of U  UTR ¼ 0.5e5 m/s and G-values
of 10 to about 80 kg/m2s. CFB operations in DRU-mode are reported
in mostly gasecatalytic operations for U  UTR values in excess of
about 8 m/s and G-values between 150 and 1200 kg/m2s. These
reported combined (U,G) ranges are in good agreement with the
proposed operation diagram of Fig. 2.

496

A. Brems et al. / Energy 50 (2013) 493e500

The parameters of the equation are correlated by different
equations.
The fractional coverage, f, accounts for the scale of the unit as
follows:

2. Previous work on heat transfer in a CFB riser
2.1. Molodtsof and Muzyka
Work undertaken on vertically ﬂowing suspensions has been
reviewed in great detail by Muzyka [19] and Grace [20]. As long as
convective heat transfer between the suspension and the surface is
considered, with the exclusion of radiant heat transfer, the major
concern is to predict the variation of the heat transfer coefﬁcient
with solids loading and gas velocity in various riser geometries.
Various empirical correlations and models (mostly for bed-to-wall
heat transfer) have been proposed [6,21], but Grace [20] summarized the situation as follows: “no existing correlations give
consistent agreement with the available data”.
The theoretical approach proposed by Molodstof et al. [22] and
by Molodstof and Muzyka [23] is based upon the rigorously derived
general probabilistic equations for multiphase ﬂow [24e26].
According to their treatment, the wall-to-suspension heat transfer
coefﬁcient can be expressed as a function of the loading ratio, M,
and of the heat capacity ratio, C:

hm
ð1 þ MCÞ2
¼
hg
1 þ aMC þ bðMCÞ2

(4)

The equation relates the heat transfer coefﬁcient of the
suspension, hm, to that of the gas alone, hg, ﬂowing in the same pipe
at the same gas ﬂow rate. The loading ratio, M, expressed as
kg solids/kg gas, together with the solids-to-gas heat capacity ratio,
C ¼ Cp/Cg, are the dominant parameters. The dimensionless
parameters a and b in Equation (4) are compound factors involving
dimensionless radial concentration, velocity, and temperature
proﬁles. They are generally unknowns, as the proﬁles are unknown,
and depend upon design parameters (pipe diameter, particle size
distribution and physical properties), and upon the superﬁcial gas
velocity. With a and b ﬁtted from experimental results for the
speciﬁc gasesolid system under scrutiny, the trend of reported heat
transfer results, obtained at a constant wall heat ﬂux, was shown to
be in good agreement with predictions of Equation (2) [19,27]. It
was therefore considered interesting to assess the CFB-validity of
Equation (4), as well as the effect of the ﬂow structure on the heat
transfer.
2.2. Golriz and Grace
Golriz and Grace [9] devised a model for large units based on the
assumptions of fully developed conditions and radially uniform
clusters at the wall, hence valid for CAF operation. At any instant,
some portions of the surface are bare, while other portions of the
surface are covered by clusters, each separated from the wall by
a thin gas gap of thickness dg. Different heat transfer mechanisms
are assumed for the bare and covered portions. For the bare
sections, transfer is by gas convection (denoted by subscript ‘gc’)
and by radiation from the suspension to the wall (subscript ‘sr’). The
rest of the wall is covered by clusters/streamers providing a parallel
transfer path. The transfer rate is then assumed to be controlled by
a particle horizontal exchange ﬂux, Gsh. The combined expression
of the heat transfer coefﬁcient is given as a total heat transfer
coefﬁcient, htot, as follows:



htot ¼ hgc þ hsr ð1  f Þ þ

f
1
1

þ
d
=
þ hrad
k
Gsh Cp þ hrad
g
g
ew
be

For operation at temperatures below 600
contribution is negligible [5].

 C,



f ¼ 1  exp  25; 000 1 



2
ð1  εsus Þ
expð0:5DÞ þ expð0:5DÞ
(6)

where D is the riser equivalent diameter (4 cross sectional area/
perimeter) in metres. For large units, f approaches unity, meaning
that the entire wall becomes covered by clusters. An alternative
relationship giving somewhat lower values of f as D increases, has
been suggested by Dutta and Basu [28]. The gas convective transfer
coefﬁcient, hgc, was obtained from the well-known DittuseBoelter
correlation [29].
The gas gap thickness is estimated [30] from:

dg ¼ 0:0282 dp ð1  εsus Þ0:59

(7)

An expression for the lateral solids ﬂux was obtained by ﬁtting
all heat transfer data for units of hydraulic diameter  1 m where
the suspension densities, rsus ¼ rp ð1  εsus Þ þ rg εsus , were greater
than or equal to 5 kg/m3, leading to:

Gsh ¼ 0:1093 þ 0:0225 lnðrsus Þ

(8)

Radiation between the suspension and the bare wall was estimated from a parallel surface expression, with equations provided
in the original work [9]. The fundamental radiation approach of
Gorliz and Grace can however be simpliﬁed. The effect of operating
at higher temperature, i.e. generally >600  C, is twofold and
includes the effect of both the increasing thermal properties of
mainly the gas phase, and the direct contribution of radiation heat
transfer. The effect of the thermal properties of the ﬂuidizing gas is
reﬂected to a major extent in the temperature dependence of the
increasing gas thermal conductivity as T increases, and increasing
the heat transfer coefﬁcient proportionally with Okg [5,7]. The
additive effect of radiation itself is expressed in Equation (1), with
an increasing contribution to heat transfer as T increases [31],
however function of the size and nature of the ﬂuidized solids.
Adapted results of Baskakov [31] are illustrated in Fig. 3 for particle
sizes as commonly used in CFB applications. This ﬁgure provides
a rule of thumb estimate.
The radiation component can also be estimated by using the
StefaneBoltzman equation:

hr ¼ 5:673 x 10e8

3r

4
Tw
 Tb4

.
ðTw  Tb Þ

(9)

(5)

the radiation

Fig. 3. Fractional component of total heat transfer coefﬁcient attributable to radiation,
wall temperature 850  C, and for three mean particle sizes (adapted from Baskakov [31]).
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with wall (Tw) and bed (Tb) temperatures in absolute values, and εr
as reduced emissivity to account for the different emissive properties of the surface (εs) and bed (εb), according to:
3r

¼ 1=½ð1=3 s þ 1=3 b Þ  1

(10)

εb assumes values of 0.59 for Al2O3 and ZrO2, 0.8 for clay, 0.85 for
sand and 0.95 for fused MgO.
Because of the effect of the hot surface on the immediately
adjacent particles, the bed temperature there will be higher than
the bulk temperature, and allowance should be made for this when
using the bulk temperature in Equation (10). Baskakov [31]
suggests to use an apparent emissivity (εapp) instead of εr. The
values of εapp will be a function of the operating temperatures, as
illustrated in Baskakov [31]. A reasonable value for alumina would
be between 0.6 and 0.7, and somewhat lower for sand.
εr may be as low as 0.1 when using a shiny metal surface.
2.3. The surface renewal model
Since the heat transfer is determined by the transient heat
transfer of the transfer wall to packets of particles in contact,
a surface renewal model can possibly be applied, as developed by
Baeyens and Geldart [5] for bubbling ﬂuidized bed applications.

h q

¼

hc
6hc
q
1þ
rp Cp dp

(11)
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where hðqÞ is the average heat transfer coefﬁcient from the
suspension to the wall, hc is a contact transfer resistance, and q is
the average contact time of the particle packets at the wall. The
experimental results will also be used to check the applicability of
such a packet renewal mechanism.
3. Experimental setup and procedure: wall-to-bed heat transfer
The riser and CFB are depicted in Fig. 4. The riser consists of
a 50 mm ID pipe approximately 2.5 m high. Solids circulation was
achieved via a 100 mm ID downcomer and 50 mm ID L-valve. Air is
supplied through a distributor plate and leaves the system through
a cyclone after the riser exit. Pressure taps are located along the
height of the riser and connected to a data acquisition system. Flow
rates and pressure drops were monitored. A concentric wall heater
of 10 cm length was installed at 1.2 m above the re-entry joint of the
L-valve, hence within the fully-developed riser ﬂow mode. Heat
supply was by hot water or thermal ﬂuid (Santotherm 350). The
downcomer was water-cooled through a 0.2 m long concentric
cooler. The wall surface temperature was measured using a resistance thermocouple welded onto the wall. Additional Thermocoax
thermocouples (0.1 mm OD) were installed at various locations in
the riser and downcomer, as well as in the feeding and overﬂow
lines of the ﬂuid, as indicated in Fig. 4. The heat input was set at
such a value, that the bed temperature ranged from 30 to 40  C.
The experiments consisted of starting the gas ﬂow to the riser,
followed by the ﬂow of the ﬂuidizing gas to the solids feeder.

Fig. 4. Layout of the experimental set-up: (1) riser 50 mm I.D., (2) HE Stairmand cyclone, (3) downcomer 100 mm I.D., (4) L-valve 50 mm I.D., (5) air from speed-controlled blower,
(6) compressed air, (7) vent to baghouse ﬁlter, (8) co-axial heating section, (9) co-axial cooling section, (10) supply of thermal ﬂuid, (11) supply of cooling water; FH, FC, FA, FA,L:
respectively ﬂow metres of thermal ﬂuid, cooling water, riser air, L-valve air; T: temperature probes for respective ﬂuids; t: temperature probes inside riser and downcomer.
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The ﬂow rates of gas and solids were then set to the desired values,
the heat input into the system was ﬁxed, and the system was
allowed to stabilize over a period of about 1 h, during which ﬂow
rate, temperatures, and pressures were monitored and recorded.
The axial pressure proﬁle was recorded during each experiment
in order to make sure that the suspension entering the heated
section was in fully developed ﬂow conditions.
From the known exposed surface area, Aex, and measured
temperature difference, DT, the heat transfer coefﬁcient was
calculated for the given heat input as:

hm ¼

Q
Aex DT

(12)

The measurements were performed for the gas ﬂow alone and
for the gasesolid suspension at various solid/gas ratios. The heat
transfer coefﬁcient to the gasesolid suspension, hm, was also
expressed as hm/hg ratio. The bed material used was rounded sand
of the following characteristics: dp ¼ 75 mm, rp ¼ 2260 kg/m3, and
Cp ¼ 1.05 kJ/kg K.
Various combined (U,G) values were tested in order to scan the
different riser hydrodynamic regimes: these conditions are illustrated in Fig. 5, using the Mahmoudi et al. [2] regime diagram as
a basis. Clearly, all operating modes were assessed by the
experiments.

Fig. 6. Effect of the radial position of the heater in the riser on the heat transfer
coefﬁcient hm (expressed as ratio) at Ug ¼ 7.8 m/s.

4.2. Experimental results for the riser-wall to bed heat transfer
coefﬁcient, hm
Experimental results are illustrated in Fig. 7 as hm/hg-ratio. hm is
a strong function of the (U,G) combination, especially at lower G
values, thus also of the hydrodynamic operating mode of the riser.
Experimental results will further be developed in terms of the
approaches of Section 2.
At G ¼ 0, hm should assume the hg heat transfer coefﬁcient, only
a function of U.

4. Results and discussion
4.3. Transformation of experimental results into design equations
4.1. Preliminary literature ﬁndings
4.3.1. The gas convection coefﬁcient
Essential in the use of the semi-experimental equations, is the
prediction of the heat transfer coefﬁcient when solids are absent,
i.e. the heat transfer coefﬁcient between the heat transfer surface
and a pure gas ﬂow in the riser, hg. The equation used to predict hg
in the present treatment was presented by Gnielinski to cover gas
ﬂow in the transitional and turbulent ﬂow regime [33].

In a previous research, Everaert et al. [32] studied the heat
transfer coefﬁcient to an in-bed heat transfer surface in a 0.1 m I.D.
riser, expressed as hm and related to the sole gas ﬂow convection
heat transfer coefﬁcient hg. Experiments were carried out in the
DRF and CAF operating modes. It was demonstrated that (i) the heat
transfer coefﬁcient in the core is signiﬁcantly higher than at the
wall; (ii) the core region extends to approximately 85% of the riser
radius (0.05 m), hence with an annulus thickness of approximately
7.5 mm; and (iii) increasing the gas ﬂow rate at a given solid
circulation rate signiﬁcantly reduces the suspension heat transfer
coefﬁcient.
The Everaert et al. [32] paper moreover quantitatively determines the radial dependence of the heat transfer coefﬁcient, as
illustrated in Fig. 6.
It can be seen that the wall-to-bed heat transfer coefﬁcient is
about 20e40% lower that the in-bed surface heat transfer coefﬁcient. Even in dilute ﬂow, i.e. at the low G values of Fig. 6, the solids
contribute signiﬁcantly to the overall heat transfer coefﬁcient, since
the ratio hm/hg exceeds w2.

4.3.2. Molodtsof and Muzyka
All results were expressed as hm/hg values. Experimental results,
at constant value of C and varying value of M, were used to determine coefﬁcients a and b, whilst then comparing the trend of hm =hg

Fig. 5. Experimental (U,G) conditions in comparison with the riser ﬂow modes.

Fig. 7. Experimental results, expressed as hm for different (U,G) combinations.

 

z

hg D
Nu ¼
¼
kg

 2=3 
ðRe  1000ÞPr 
D
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pﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃ
with z ¼ 1:82logðReÞ  1:64 and other symbols deﬁned in the
Nomenclature.
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Fig. 8. Comparison of experimental and MolodstofeMuzyka (MM) predicted values of
hm/hg.

as predicted by Equation (4). Results are given in Fig. 8, illustrating
the fair agreement obtained, with coefﬁcients a and b respectively
3.54 and 0.034, and with a regression coefﬁcient R2 ¼ 96.47%. Of
course, the design application of the Molodtsof and Muzyka
approach needs experimental determination of coefﬁcients a and b.
4.3.3. Golriz and Grace
The empirical equations of Golriz and Grace [9] can be transformed into the following equation, when radiation is neglected.

hm
f

¼ ð1  f Þ þ 
1
1
hg
þ
Gsh Cp kg =dg

(14)

The suspension voidage and density was calculated according to
Chan et al. [3], with tp and tg the residence times of the particles and
the gas in the riser respectively. The values of tg were calculated by
the method presented in Mahmoudi et al. [16].

Utg
Utg þ Gtp =rp

(15)

rsus ¼ εsus rg þ ð1  εsus Þrp

(16)

εsus ¼

Since Golriz and Grace only deal with CAF applications
(G < w100 kg/m2s) in large scale risers, experimental results of the
CAF regime were compared with predicted values, as illustrated
in Fig. 9A.
The deviation is between w250 and 350%. Reasons are inherently linked to the difference in equipment scale, and to the
required calculation of the underlying parameters, again on the
basis of empirical approaches. A sensitivity analysis of the Gorlize
Grace approach pointed out that the predicted heat transfer coefﬁcient is highly sensitive to the empirical parameter Gsh, as predicted by Equation (8). A very fair agreement of the present
experimental and GorlizeGrace predicted hm/hg ratios was

Fig. 10. Fitting contact time q for different combinations of U and G.

obtained, by using a modiﬁed equation for Gsh as function of the
suspension density rsus, being:
Gsh ¼ 0.014, for rsus  12 kg/m3 (hence in the DRU mode)

(17)

Gsh ¼ 0.014 þ 0.006 (12  rsus), for rsus < 12 kg/m3 (hence in CAF or
DRF mode)
(18)
Applying these Equations (17) and (18) into the GorlizeGrace
model, predicts values of the heat transfer coefﬁcient, for all
examined ﬂow modes, within 10% of the experimental value, as
illustrated in Fig. 9B.
4.4. Surface removal model
Comparing experimental hm values with predictions using
Equation (11) enables the determination of the required ﬁtting q.
This q value is represented in Fig. 10.
The ﬁtting value of q and the trend of its dependency on (U,G)
again stresses the importance of the riser operating mode. At high
values of G, irrespective of U, the riser operates in the DRU (dense
upwards ﬂow) mode, and the contact time is determined by the
prevailing solids velocity. This velocity is close to the operating gas
velocity, according to Equation (2) with ε w 0.9 and 4 w 0.1 s. In the
CAF regime, for G < w100 kg/m2s, the contact time is a function of
the downward velocity is normally assumed to be close to the
terminal velocity of the particles, i.e. 0.38 m/s for the tested particles.
For the heater length of 0.1 m, the contact time should hence be
close to 0.26 s, in fair agreement with the experimental ﬁtting results.
The application of the contact time approach therefore certainly
merits further investigations. These will combine heat transfer
measurements and particle residence time measurements by Positron Emission Particle Tracking. Experiments are programmed for
September 2012 and will be reported in a follow-up paper.

Fig. 9. A. Comparison of experimental and GolrizeGrace (GG) predicted values of hm/hg (for G < w100 kg/m2s), B. comparison of experimental and GolrizeGrace (GG) predicted
values of hm/hg (for G < w100 kg/m2s) using the modiﬁed Gsh approach of Equations (17) and (18).
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5. Conclusions and recommendations
The present research measured the wall-to-bed heat transfer
coefﬁcient in the riser. Measured heat transfer coefﬁcients increase
with increasing solid ﬂux at equal values of the gas velocity, and
achieve values of w60 W/m2K at low G and high U values, and up to
350 W/m2K at G w500 kg/m2s.
The ratio of the suspension heat transfer coefﬁcient and the
convective transfer coefﬁcient for the sole gas ﬂow is conﬁrmed as
a valid ﬁtting parameter. The application of Molodtsof and Muzyka
requires the determination of 2 empirical constants by using the
experimental results. Once best ﬁt values of these coefﬁcients are
obtained, the correlation predicts the correct trend of the evolution
in heat transfer coefﬁcient with U and G.
Within the coreeannulus ﬂow regime, the equation of Golriz
and Grace, together with the assumptions of its composing
parameters, overestimates the experimental results by a factor of
about 3. The equations are very sensitive to the values of the estimated parameters, especially Gsh. Modiﬁed equations for Gsh were
proposed to ﬁt experimental and predicted results.
When applying a packet renewal mechanism to predict the heat
transfer coefﬁcient, the deﬁnition of a contact time on the basis of
particle velocities in the riser, highly different in function of the
riser operating regime, very fairly predicts heat transfer coefﬁcient
values. Further research coupling heat transfer measurements and
particle contact times (as measured by Positron Emission Particle
Tracking) are needed to improve the renewal approach.
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